The distributor plate effects on the hydrodynamic characteristics of turbulent fluidized beds are investigated by obtaining measurements of pressure and radial voidage profiles in a column diameter of 0.29 m with Group A particles using bubble bubble cap or perforated plate distributors. Distributor pressure drop measurements between the two distributors are compared with the theoretical estimations while the influence of the mass inventory is studied. Comparison is established for the transition velocity from bubbling to turbulent regime, U c , deduced from the pressure fluctuations in the bed using gauge pressure measurements. The effect of the distributor on the flow structure near the bottom region of the bed is studied using differential and gauge pressure transducers located at different axial positions along the bed. The radial voidage profile in the bed is also measured using optical fiber probes, which provide local measurements of the voidage at different heights above the distributor. The distributor plate has a significant effect on the bed hydrodynamics. Owing to the jetting caused by the perforated plate distributor, earlier onset of the transition to the turbulent fluidization flow regime was observed. Moreover, increased carry over for the perforated plate compared with the bubble caps has been confirmed. The results have highlighted the influence of the distributor plate on the fluidized bed hydrodynamics which has consequences in terms of comparing experimental and simulation results between different distributor plates.
Introduction
A good understanding of the flow structure in fluidized beds is of great importance to fluidized beds design, scale up and reactor study. Many works [1 4 ] have been aimed to develop a good understanding of the flow structure in circulating fluidized beds (CFB). The axial solids distribution in a riser of a CFB is generally characterized by a dense region, transition region, dilute region and exit region. The radial flow structure is characterized by a core annulus flow: a dilute core region, in the central portion of the riser surrounded by a dense annular layer of solids at the wall. A few papers were published regarding the flow structure near the bottom zone of circulating fluidized beds [5 7] . However, very little work has been reported on the influence of the bed support [8, 6] despite many data being collected by industry on the design of distributors for specific purposes. The design and effects of distributor type have been extensively discussed in the past for bubbling fluidized beds, while mainly pertaining to perforated and porous plates or novel designs [9 13 ]. However, to the authors' knowledge, there are no previous published investigations comparing the performance of perforated plate and bubble cap distributors in the dense region of CFB, or in a turbulent fluidization flow regime. Furthermore, it has been found that the distributor design affects the behaviour of the bed over most of its height [14] . The knowledge on the effects of these two types of distributor to the flow structure is of particular interest to scale up aimed works, since most industrial and pilot scale plants employ bubble cap distributors, while most lab scale and academic columns operate with perforated plate distributors.
Distributor pressure drop, axial pressure profiles along the bed and circulation patterns are often studied in order to explore the bottom zone of circulating fluidized beds. Sathiyamoorthy and Horio [15] studied the influence of the pressure drop and aspect ratio on the uniformity of fluidization. Guo et al. [8] , on the other hand, measured the flow rate of gas in the bubble caps of a riser with a cross section of 0.3 × 1 m, in order to characterize the flow maldistribution. Axial pressure profiles have also been used to demarcate the height of the bottom zone and to study the flow structure in this region [5, 7] . Several works have reported information about solids concentration distribution and particle velocities in the CFB bottom zone [6, 7, 16] . Details on the local void behaviour provide crucial information for the reactor performance evaluation, as void characteristics are the main controlling parameter in solid mixing and gas solid contact. Further more, previous works have reported on the time mean radial voidage profiles in fluidized beds for Group A particles for columns of different diameters [17, 18] .
In this paper, the effect of the distributor type on the flow structure near the bottom region of a turbulent fluidized bed is revealed for the first time. In depth analysis from the differential and gauge pressure 1 measurements and local voidage measurements obtained using optical probes are performed to characterize the hydrodynamics.
Theory

Distributor pressure drop
The pressure drop across the distributor can be obtained by applying the Bernoulli equation between two points, upstream and downstream of the distributor plate and adding the frictional losses:
where p 1 and p 2 , and v 1 and v 2 are the static pressures and velocities upstream and downstream of the distributor, respectively. K is the flow resistance coefficient based on the smallest cross sectional area of the component; hence, it has the higher velocity in the component v base . Note that the fluidizing gas is considered incompressible and wall friction pressure drop is neglected. The contribution of the kinetic energy term to the measured pressure can be neglected; therefore, the pressure drop across the distributor can be estimated by:
Perforated plate pressure drop
The perforated plate distributor used in the experiments was provided with a mesh to prevent the particles falling in the plenum chamber. This mesh significantly increases the pressure drop across the distributor plate; thus, the flow resistance in the mesh requires to be calculated. The pressure drop in the perforated plate will be estimated as following:
Rearranging, the above equation can be written as:
Note that there are two different perforated plates sandwiching the mesh. The installation of two grids close to each other should not lead to an increase in flow resistance, but rather results in a grid of double thickness in the flow direction [19] .
The pressure drop in a perforated plate is usually calculated in fluidized beds literature as [9] :
where C d is the discharge coefficient of an orifice. Thus,
For the entrance into a straight tube through a perforated plate with thick orifices Idelchik [19] gives:
where Re orifice
The thickness parameter τ = 0 for thick plates (t p / d p,orifice N 2) and τ = 1.35 for thin plates (t p / d p,orifice = 0 0.015).
The second term of Eq. (4) is the pressure drop caused by the presence of the mesh. For the flow resistance coefficient of a circular metal wire screen Idelchik [19] gives:
where Re mesh
and d mesh is the mesh opening. In this case k' Re ≈ 1.13 (Re mesh ≈ 150). Fig. 1 shows a schematic of a cap of the distributor. Main pressure drop in the bubble caps of the distributor occurs at the entrance orifice (indicated as section (1) in Fig. 1b ) and in the contraction (section 3 in Fig. 1b) . The cylindrical volume (section 2 in Fig. 1b ) can be considered a stagnant volume.
Bubble cap distributor pressure drop
In terms of the superficial gas velocity the pressure drop in the bubble cap distributor is given by: For orifices or perforated plate installed in transition section Idelchik [19] gives: 
Note that bubble cap distributors have a slightly smaller pressure drop than the perforated plate, provided the same open area. This is due to the installed cap over each orifice reducing the flow resistance since the flow expansion from the orifice undergoes two stages, i.e., from the orifice to the cap and then from the cap to the column. The area A 2 is the cross sectional area of the cylindrical section 2 in Fig. 1a . The flow resistance coefficient of the contraction (section 2 in Fig. 1b) can be calculated as a labyrinth with flow passage from one volume into another through a 90 turn. For this coefficient Idelchik [19] gives:
A cap in Eq. (10) is the cross sectional area of section 3 in Fig. 1b .
Experiments
Experiments shows the cumulative size distribution of the FCC sample. The minimum fluidization velocity of the bed was U mf = 0.007 m/s. The column is equipped with 58 sampling ports and it was instrumented for this study with 9 differential pressure transducer and 8 gauge pressure transducers (OMEGA PX140) placed along the column length. Pressure taps were mounted flush with the wall of the column with 38 μm mesh stainless steel screens glued over the entrance to prevent solids from entering the pressure sensing lines. Flow was measured with an orifice flowmeter installed in the air line. T type thermocouples were used to measure temperature in the orifice flowmeter, in the plenum chamber and in the bed for density calculation purpose. Reflective type optical fiber probes (PC 4 Powder Voidmeter) developed at UBC and manufactured by the Institute of Chemical Metallurgy at Beijing, China, were used for measuring local voidage. Each probe contains a bundle of fibers projecting light onto a swarm of particles interspersed with light receiving fibers, which measure the intensity of the light reflected from the particles. The bundle diameter is 4 mm, its length is 600 mm, and the individual fiber diameter is 15 μm. The fibers are arranged in an alternating array of emitting and receiving layers. Because the particle diameter is much smaller than the bundle diameter, light is reflected by many particles in the measurement volume, allowing the probe to detect the instantaneous local solids volume concentration from the output voltage, after suitable calibration. The measurement system includes also, a light source, a photomultiplier, an A/D converter and a data acquisition board installed in the PC. Before and after each set of runs, the voidmeter was calibrated against a dense bed (to give~5 V) and a bed of black particles to prevent reflection of light, representing the no solid condition (set at~0 V). Linearity was then assumed to be valid for voidages between these two limits. The calibration equation was:
where V 0 is the voltage signal obtained from the black particles bed where negligible light is reflected, representing a voidage of 1, and V mf is the signal when the probe is immersed in a container of static solids representing closely the voidage at minimum fluidization (ε mf = 0.45). A quartz glass window was used to cover the probe tip in order to keep the signal intensity always below the maximum reference intensity [21, 22] . Pressure and voidage signals were logged into a computer via an A/D converter (DAS08 EXP32) installed in a PC and were recorded at 100 Hz for 100 s intervals using LABTECH data acquisition software. Two different distributors are compared in this study: a bubble cap distributor and a perforated plate. The former is provided with 18 bubble caps. Details of the caps layout and dimensions are given in Fig. 1 . The perforated plate distributor contains 98 holes of 5.6 mm diameter arranged in an equilateral triangular configuration with a 32 mm pitch. A second plate with the same number of holes of 6.4 mm diameter was located below the first plate with a 38 μm stainless screen mesh (mesh No. 400, 36% opened area) sandwiched between them to prevent particles from falling into the plenum chamber.
Results and discussion
Distributor pressure drop
Experimental distributor pressure drop in the perforated plate and the bubble cap distributor are compared with the theoretical calculation. As shown in Fig. 4 , the experimental pressure drop across the perforated plate distributor was measured with an initial fixed bed height of H 0 = 1 m. The estimated pressure drop was calculated using Eq. (3) and compared to the experimental results along with the pressure drop contribution caused by the mesh and the plate itself. It can be observed that the main pressure drop in the distributor is due to the presence of the mesh. The opened area of the mesh employed in the experiments is 36%. However the flow passage area is smaller (1.3%) since the mesh is sandwiched between two plates, which have an opened area of 3.7%.
Similar comparison is made for the pressure drop across the bubble cap distributor in Fig. 5 . Excellent agreement with the theoretical calculations is indicated for superficial gas velocities of up to 0.5 m/s. It can also be observed that the resistance to flow caused by the cap itself is negligible in comparison with the resistance in the entrance orifice to the tuyere. 
It is confirmed that the two distributors compared in this study present the same pressure drop.
The presence of the solids and the different mass inventory causes changes in the air density in the plenum chamber and the bed. Temperature in the plenum chamber and in the bed was measured in order to calculate the gas density.
The results are plotted against the superficial gas velocity in Fig. 7 for different mass inventories from both measurements at the plenum chamber and inside the bed. Measurements at the empty bed were also carried out in order to study the influence of the presence of the bed on the gas density. Previous investigators have reported the changes in the distributor pressure drop with the empty bed or in the presence of the bed [15] . However, as was observed in Fig. 7 the mass inventory does not have a significant influence on the gas density and hence the variations of the pressure drop are hardly noticeable, as can be seen in Fig. 8 . Thus, the hypothesis of incompressibility of the fluidizing gas is deemed reasonable.
Transition velocity
The transition velocity, U c, is defined as the velocity at which the standard deviation of pressure fluctuations attains a maximum. shows the estimation of this velocity for the two different types of distributor studied for H 0 = 0.5 m. The pressure has been measured at an axial distance of 0.21 m above the distributor using a gauge pressure transducer. Experimental data are plotted together with the second order polynomial curve that fits the data and error bound corresponding to a 95% confidence interval. U c value has been found to be dependent of the axial position of the pressure probe and the type of pressure measurement, i.e., gauge or differential. Other investigators reported a decrease of the measured U c value with increasing the axial position of the pressure probe [23] , pointed out that is essential that the pressure probe be immersed in the bed at all times [24] and observed that the dependence on the pressure probes location was greater when using differential pressure measurements to determine U c [16] . U c is lower when operating the column with the perforated plate distributor compared to the bubble caps. This is likely due to the differences in void development in the bed. For U c to be lower, voids created through the perforated plate will attain the maximum stable voids at lower superficial gas velocity. The absolute values of the standard deviation of the gauge pressure also indicate that the perforated plate creates smaller voids. It is suspected that the momentum of the jetting through the perforated plate distributor is large, and that the voids remain rather small compared to those created through bubble caps.
Axial flow structure in the bottom region
The axial pressure profiles near the bottom region of the bed are studied in Fig. 10 . Higher pressure values are found for the perforated plate, indicating that voids are more frequent in this region [13] . This is confirmed by the voidage results. On the other hand the bed pressure drop in the dense bed is lower for the perforated plate although the theoretical pressure drop should be the same for both distributors, provided the same mass inventory. Thorpe et al. [25] interpreted this difference as being due to the mass of sand resting on the distributor plate and therefore not fluidized. They speculated that the height of the entry zone was proportional to this mass. This assumption indicates that a lower pressure drop in the dense bed for the perforated plate distributor leads to a higher height of the entry zone. Masters [26] also warned about the product that can remain static between the holes of perforated plate distributors.
The above is all consistent with the theory of the jets formed in the orifices of the air distributor, which will be discussed later.
Svensson et al. [5] defined the height of the dense bed as the level at which the axial pressure profiles start to deviate from the straight line. Fig. 10 shows these profiles for several gas velocities. To calculate the dense bed height linear fittings have been adjusted for axial Fig. 7 . Gas density against superficial gas velocity in the plenum chamber and inside the bed for different mass inventories. profiles inside the bottom bed and in the transport zone. The intersection of both straight lines has been considered as the dense bed height. The dense bed height calculated this way is plotted against the superficial gas velocity in Fig. 11 . A linear function has been fitted for velocities higher than U c (U c,perforated~0 .46 m/s. U c,caps~0 .64 m/s), when the height of the dense bed starts to decrease. Error bounds corresponding to a 95% confidence interval are plot with the fitting lines. It can be observed that the bed expansion is very similar for both distributors for superficial gas velocities below U c . However the decrease of the dense bed height begins earlier for the perforated plate than the bubble caps as the superficial gas velocity is increased.
The transition to turbulent fluidization is caused by the beginning of the breakdown of bubbles [23] , which was also observed in this study. Furthermore, the solids hold up in the freeboard and the amount of entrainment from the bed have influences during the transition from bubbling to transport [27] . In this study, the transport of solids from the dense phase to the free board begins to occur at lower gas velocity when the perforated plate distributor is used which is in accordance with the lower U c found for the perforated plate distributor. This indicates that the rate of solids transferred from the bed to the freeboard is higher for the perforated plate distributor than for the bubble cap distributor at the same superficial gas velocity. Stefanova et al. [28] also found a decrease in the expanded bed height at the onset of turbulent fluidization and explained this decay by the increase of the entrainment and the inability of the solids return system to recirculate all the entrained particles to the bed. The dif ferences found here between the perforated plate and the bubble cap distributor point out an important influence of the distributor in terms of entrainment when operating the bed under transport conditions. Fig. 12 shows the axial voidage profiles for the two types of distributor for different superficial gas velocities. This was obtained from the differential pressure measurements. It can be observed that for the perforated plate distributor, the voidage in the dense bed is higher than for the bubble cap distributor. The voidage in the dense bed using the bubble cap distributor is also more homogeneous. The high voidage at the axial position closest to the distributor plate, especially for the perforated plate distributor, possibly reflects the jetting effect, and the possible dead zones [9, 13] . These observations point out the differences in the jet dynamics and bubble formation in the two different distributors. Rees et al. [29] obtained an experi mental correlation to calculate the mean length of a jet above the orifice of the air distributor, as a function of the diameter of the orifices, the area of the distributor per orifice, the mean velocity of a jet within the orifice and the minimum fluidization velocity. Using this correlation the length of the jet above the perforated distributor used in the experiments is about 6 cm. A very similar value is also obtained using Merry's correlation [30] , or the correlation found in Thorpe et al. [25] where the entry zone height is proportional to the orifice spacing. They also reported an equation to calculate the height of the entry zone for tuyere distributors, where horizontal jets are formed. Using this correlation for the bubble cap distributor the height for the entry zone was found to be half of the height of the entry zone for the perforated plate distributor. Therefore, the higher entry zone for the perforated plate distributor explained the higher voidage found close to the distributor. On the other hand, lower voidage observed for both distributors around z = 0.5 m may be due to the influence of solids re entering the column at axial distances between 0.051 m and 0.18 m.
Radial voidage profiles
The radial voidage profiles in the bottom region of the bed were measured for both distributors using optical probes at different axial locations. Fig. 13 shows the radial voidage profiles in the column for the two types of distributors at the axial location of z =0.273 m (z /H 0~0 .5). The initial bed height was 0.5 m for all the experiments (H 0 /D~1.7). Fig. 13a and b shows that the voidage, ε, is lower for the bubble cap distributor with a flatter ε radial profile. This is in accordance with the cross sectional average voidage calculated from the differential pressure measurements for this axial position (Fig. 12) . Furthermore, voidage measured at the walls for the bubble cap distributor approaches values close to a packed bed, which is also supported experimentally by Guo and Werther [6] in a CFB riser with bubble cap distributor. From the pressure and optical probe measurements, it can be concluded that the cross sectional average voidage is higher for the perforated plate with a lower mean suspension density in the bottom region.
In Fig. 13c and d, the voidage has been non dimensionalized with the voidage at the axis of the column. It is observed that the radial voidage profiles are quadratic and they present similarity. The maximum value of the voidage is reached in the column axis, and is dependant on the superficial gas velocity. Furthermore, it can be concluded that a dilute core and denser annulus structure exists near the bottom region of the bed, as was asserted by other investigators [7] . However, the thickness of the dense phase annulus increases with the height above the distributor and there is a region close to the distributor where the voidage profile is not yet fully developed. In the bottom region there is not a sharp transition from the dilute phase core to the dense phase annulus, but a gradual quadratic decrease of the voidage, i.e., increase of the suspension density is observed from the column axis to the wall. Axial voidage profiles from pressure measurements (Fig. 12) indicate, as others suggested [3] , the typical core annulus flow structure with a constant radial solid concentration profile in the core of the bed is more likely to be found higher in the riser.
Conclusions
The effect of two types of distributors, i.e., perforated plate and bubble cap distributor on the flow structure of the bottom region of a fluidized bed working in the bubbling and turbulent regime has been studied. The perforated plate presented a lower U c velocity and a higher decrease of the dense bed height with increasing the superficial gas velocity. This indicates that the rate of solids transferred from the dense bed to the free board is higher for the perforated plate, and begins at a lower superficial gas velocity. From the pressure measurement results, it is concluded that the solids density near the bottom region is higher for the bubble cap distributors; while a more homogeneous radial structure in terms of voidage is found. The results are in accordance with time mean average voidage obtained with optical probes; whereby, the voidage measured with these probes was also found to be smaller for all radial positions and the profiles obtained were flatter when using the bubble cap distributor. A dilute core and a denser annulus structure was observed in the bottom region of the bed for the two distributors studied. Radial voidage profiles in the dense bed were found to be fitted by a quadratic profile, and presented similarity for different fluidizing velocities. 
